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Available online 8 November 2016This paper addresses the experimental demonstration andmodel validation of chemical looping reforming in dy-
namically operated packed-bed reactors for the production of H2 or CH3OH with integrated CO2 capture. This
process is a combination of auto-thermal and steam methane reforming and is carried out at high pressure, as
typical for reforming processes, and at relatively low to intermediate temperatures (ranging from 600 to
900 °C). The oxidation of the oxygen carrier is performed with air and the hot depleted air stream is fed to a
gas turbine, which contributes to reduce the electricity demand. After oxidation, a low-grade fuel is used for
the reduction of the oxygen carrier, e.g. off-gas from a PSA unit or non-condensable species frommethanol syn-
thesis and, when the bed is completely reduced, natural gas diluted with H2O and CO2 is reformed while the re-
actor is cooled down.
An experimental campaign has been carried out in a 2 kWth packed-bed reactor using 500 g of NiO support-
ed on CaAl2O4 as reforming catalyst and oxygen carrier. This material has demonstrated very high stability
over N400 h of consecutive redox and reforming cycles. Due to the ﬂexibility of the process, dry, wet and
steam reforming compositions have been tested during the reforming phase. A 1D reactor model has
been validated with the obtained experimental results, including also a detailed thermal model to account
for the inevitable heat losses of the system. The experimental and model results are in good agreement in
terms of breakthrough curves and temperature proﬁles. The experimental campaign during reforming
also conﬁrmed the possibility to carry out the heat removal phase by means of endothermic methane
reforming.
The validated reactormodel has subsequently beenused for the simulation of different conﬁgurations in terms of
heat management in which the different phases (oxidation, reduction and reforming) are simulated in series. In
these analyses, the reactor design and performance have been compared for two plant conﬁgurations based on
H2 and CH3OH production integratedwith CO2 capture. For the case of H2 production, the CH4 conversion is 92%
and all the CO2 is captured from the plant, while for CH3OH production the CH4 conversion reaches 90% and all
carbon species, except CH3OH, are converted into CO2, which is separated with high purity.
© 2016 The Authors. Published by Elsevier B.V. This is an open access article under the CC BY-NC-ND license
(http://creativecommons.org/licenses/by-nc-nd/4.0/).Keywords:
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Methanol1. Introduction
Steam reforming is the established process for H2 production [1] and
for syngas production for the manufacture of methanol [2]. Natural gas
reforming is carried out in multi-tubular ﬁxed bed reactors using an ex-
ternal furnace to provide the heat of reaction (FTR) or in an auto-ther-
mal reforming (ATR) system using an oxidant (i.e. air or pure oxygen)
[1,3–5]. Based on the current process, the following equilibrium limitedhemistry Department, P.O. Box
. This is an open access article underreactions of steam methane reforming (SMR (1)), and water gas shift
(WGS (2)) are identiﬁed:
CH4 þ H2O⇄3H2 þ CO ΔH0298K ¼ 206:2kJ=mol ð1Þ
COþ H2O⇄H2 þ CO2 ΔH0298K ¼−41:2kJ=mol ð2Þ
Conventional steam reforming processes are based on several con-
version and separation steps, which include feedstock pre-treatment
and removal of sulfur compounds (the catalyst used in steam reforming
is extremely sensitive to sulfur and therefore the concentration is kept
below 0.5 ppm), high temperature reforming, water gas shift reactor(s)
and a ﬁnal pressure swing adsorption (PSA) unit in order to reach a H2
purity in the order of 99.999%. The conventional plants lead to high CO2the CC BY-NC-ND license (http://creativecommons.org/licenses/by-nc-nd/4.0/).
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PSA-off-gas and part of the input natural gas are burnt in the furnace
to supply the heat for the endothermic reforming reaction. In order to
reduce CO2 emissions, CO2 can be separated from the H2-rich syngas
downstream of the WGS reactor using an MDEA scrubber [6,7] or in a
post-combustion capture unit at the gas stack of the reformer, where
the CO2 is separated from the exhaust gases using MEA absorption
resulting in up to 90% CO2 capture [8].
Natural gas is also the main feedstock for methanol production. Dif-
ferent plant layouts are considered depending on the plant size. Single-
step reforming ismainly considered for plants up to 2500MTPD (Metric
Tons Per Day) capacity, while larger units (up to 10,000 MTPD) are
based on a two-step reforming process, which features a combination
of primary reforming (designed as an FTR) and oxygen-blown
autothermal reforming using O2 from a cryogenic air separation unit
(ASU) [9]. The optimal syngas composition is reached when the so
called module M (Eq. (5)) is equal to 2, which is the stoichiometric
number required to reach the maximum CH3OH yield.
COþ 2H2→CH3OH ΔH0298K ¼−90:8kJ=mol ð3Þ
CO2 þ 3H2→CH3OH þ H2O ΔH0298K ¼−49:2kJ=mol ð4Þ
M ¼ H2−CO2ð Þ
COþ CO2ð Þ ð5Þ
After cooling to nearly ambient temperature, the reformed syngas is
compressed up to 50–100 bar in a multistage compressor, heated up to
above 100 °C and fed to a cooled reactor operated at about 200–300 °C.
The heat of reaction is released by producing intermediate pressure
steam. The CH3OH rich stream is cooled down, condensed and the liquid
is separated from the unconverted gases, which are usually recirculated
back to the methanol synthesis reactor. After that, the CH3OH is sent to
different separation columns to reach the required purity of 99.9% [2].
The conventional CH3OH production process based on ATR reaches
methanol yields of 0.82 molCH3OH/molCH4 with about 0.17 kgCO2/
kgCH3OH emitted to the atmosphere from the combustion of the process
off-gases [10].
Among the several emerging solutions proposed for CO2 capture in
power plants and industrial processes [11], chemical looping technolo-
gy represents one of themost promising and efﬁcient alternatives, since
the CO2 separation is inherently integrated in the primary fuel conver-
sion step [12]. If a metal oxide (named oxygen carrier) is alternatively
exposed to air (for oxidation) and to a fuel stream (for reduction), a
pure CO2/H2O stream is produced (chemical looping combustion,
CLC). If a sub-stoichiometric OC-to-fuel ratio is adopted, partial fuel ox-
idation is obtained and reformate syngas can be produced (chemical
looping reforming, CLR). CLR has been mainly studied using Ni-based
oxygen carriers, which also present catalytic activity for the steam
methane reforming reactions. Based on a simpliﬁed thermodynamic
analysis it has been found that H2 yields of 2.74 molH2/molCH4 are
achievable when working with a NiO/CH4 molar ratio equal to 1.18 to
sustain the endothermic reactions in the fuel reactor [13].
Due to the different catalytic activity and oxygen carrying capacity,
different oxygen carriermaterials have been considered for the CLRpro-
cess [14]. Pröll et al. [15] have presented the performances of a dual cir-
culating ﬂuidized bed reactor operated with Ni/NiO as oxygen carrier in
a 120 kWth facility operated for N90 h, reaching N90% of methane con-
version. Chiron et al. [16] have performed experiments and model vali-
dation in a micro packed-bed reactor (operated with 200 mg of oxygen
carrier) and they have presented a reactor conﬁguration in which the
NiO supported on Al2O3 is reduced in a ﬁrst stage and afterward used
as catalyst in a second reactor where the SMR occurs. Ortiz et al. [13,
17,18] have presented bothmodelling and experimental demonstration
of CLR in a 900 Wth ﬂuidized bed unit. The experimental studies were
carried out with a Ni-based catalyst and the process optimization hasbeen undertaken by varying the steam-to-carbon ratio (S/C), the oxy-
gen-to-carbon ratio (O/C or NiO/C), solid conversion (ΔXs) and other
relevant variables affecting the performance of the system. Different ox-
ygen carriers have been synthetized and tested for CLR in ﬂuidized bed
conﬁguration [19–21] and among all, the high reactivity of Ni for both
fuel conversion and SMR results in the highest performances. However,
the current high cost and toxicity compared with other oxygen carriers
(OC) could hamper the use of Ni-based OCs. Moreover, the H2 produc-
tion process should preferably be carried out at high pressures, because
industrial processes for CO2 separation (through amine scrubbing) and
puriﬁcation (in a conventional pressure swing adsorption (PSA) unit or
using membranes [22]) occur at high pressure and H2 compression is
extremely expensive from an energy point of view. This would involve
the operation of CLR reactors under pressurized conditions, which is
still unproven in circulating ﬂuidized beds because the high pressure
operation makes a stable circulation of solids and the loop seals rather
challenging. A different approach for steam methane reforming have
been proposed by Ryden et al. [23,24] inwhich the chemical looping re-
actor acts as combustion chamber to provide the heat of reaction to the
reforming tubeswhich are immersed into the fuel reactor by converting
the PSA-offgas into CO2/H2O inside the fuel reactor. In the last years,
packed bed reactors (PBRs) have also been proposed for chemical
looping combustion [25–28]. Diglio et al. [29] developed a 1D reactor
model to simulate multiple cycles of a 22 cm long reactor with 6 cm di-
ameter and presented the results of the cyclic process, where the reduc-
tion gas is ﬁrst completely oxidized (gas-solid reactions) and thereafter
the reformed syngas is produced.
In the present paper, chemical looping reforming in packed-bed re-
actors is tested and compared from an experimental and numerical
point of view.With respect to the previousworks on CLR, in the present
work the OC reduction and reforming are not carried out in the same
conversion step, but two different phases are distinguished. The proof
of concept has been achieved in a lab-scale packed-bed reactor (3 cm
of internal diameter, ID, and 1.5m of reactor length) using Ni supported
on CaAl2O4 as OC. The experimental demonstration focuses on the oxy-
gen carrier stability under repeated reduction/reforming/oxidation
phases for N400 h. A detailed reactor model is also discussed, which in-
cludes the estimation of the reactor heat losses and is validatedwith the
experimental results. Finally, a large-scale reactor is designed and
modelled for full scale applications for H2 and CH3OH production plants
with integrated CO2 capture.
2. Description of the concept and process integration
A schematic diagram of the CLR process with PBRs is presented in
Fig. 1. Threemain phases are carried out in sequence in three parallel re-
actors. The reactor operated in oxidation converts the Ni into NiO by re-
action with the O2 in the air stream while releasing N2. The reactor
operated in reduction, reduces the OC by using low grade fuel forming
CO2 and H2O. Finally, a third reactor, in which the OC is in Ni form, is
fedwith natural gas togetherwith recirculatedCO2/H2O from the reduc-
tion phase and additional steam to convert CH4 into syngas. The combi-
nation of CO2/H2O recirculation and additional H2O is required to lower
the H2O consumption of the plant while keeping a very high CH4 to H2
conversion: in case only CO2 is used, the reformate syngas is rich in
CO and therefore more H2O is required for the WGS reactions down-
stream of the CLR reactors; in case only H2O (from the steam cycle) is
used, relatively large quantities of H2O are required to enhance the
CH4 conversion. Each reactor is operated sequentially in oxidation/re-
duction/reforming by switching the inlet gas streams. In order to
avoid undesired mixing of the different reactants, a short purge cycle
can be added before and after the oxidation.
In Fig. 2, a simpliﬁed plant ﬂowsheet is depicted, illustrating a pro-
posed process integration. After the reforming, the resulting syngas is
cooled down to the desired temperature and sent to downstream
plant units. In case of H2 production, one or two conventional WGS
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Fig. 1. Schematic of the CLR concept with PBR.
158 V. Spallina et al. / Fuel Processing Technology 156 (2017) 156–170stages are required, depending on theCOcontent after the reforming. As
discussed by Ryden et al. [23], complete CH4 and CO conversion to H2 is
not strictly required because the PSA off-gas will be used in the reactor
operated for the reduction. After theWGS reactors, a conventional state-
of-the-art PSA process is used to meet the required H2 purity. In case of
CH3OH production, the reformate is compressed to the operating pres-
sure for the methanol synthesis (up to 50–100 bar) and is converted
into a CH3OH-rich stream. Part of the incondensable gases from the
methanol separation unit is sent back to the CH3OH converter and the
remaining part is used for the reduction of the OC. The air ﬂow rate to
the reactor operated in oxidation is compressed to the CLR operating
pressure and the remainingN2 is then expanded in a gas turbine, reduc-
ing the electricity demand of the plant.
With respect to conventional FTR plants, the PBR CLR process does
not require an external furnace and high temperature heat transfer sur-
face because the process is auto-thermal. Compared to ATR, no ASU is
needed to produce high purity oxygen and avoid syngas dilution with
N2. With respect to the dual ﬂuidized bed CLR, the proposed PB process
maintains the high hydrogen production efﬁciency and can be operated
at higher pressure. Moreover, intrinsic CO2 separation is achieved in the
PB CLR process, which delivers a high pressure CO2 stream without the
need of a dedicated process based on amines or on more advanced
technologies.HP/IP/LP steam
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Fig. 2. Layout of the integrated CLR PB process for H2 and CH3OH production with
integrated CO2 capture.With respect to the integrated reformer with CLC and all the other
mentioned alternative technologies, the steam consumption can be re-
duced thanks to the CO2/H2O recirculation. A higher H2 production efﬁ-
ciency is also expected because the oxidation and reduction phases are
carried out at lower temperatures, reducing the overall heat duty re-
quired for the process.
On the other hand, high temperature packed-bed processes are
characterized by intrinsic dynamic behavior and thus require a proper
heat management strategy, as will be discussed in the following
sections.3. Description of the experimental facilities
The experimental validation of CLR with PBR has been carried out in
an existing facility at the Eindhoven University of Technology (TU/e). As
shown in Fig. 3, it consists of a high temperature resistant stainless steel
tube (ODxIDxL=36 × 30× 1500mm), with 48 access points for the in-
sertion of thermocouples (Rössel, type K). With this conﬁguration, un-
steady axial temperature proﬁles can be measured with good spatial
resolution in the middle of the bed with a temporal resolution of 1 Hz.
The reactor is surrounded in all its length by three electrical furnaces,
which allow imposing a uniform initial temperature proﬁle in the sec-
tion where the active material is present. Finally, in order to limit the
heat losses towards the environment, the reactor was placed in a box
ﬁlled with insulating material (glass wool). The setup has been used
in the past for model validation and for a heat management investiga-
tion of CLC in dynamically operated packed-bed reactors [30,31]. The
feed ﬂow rate and composition is controlled by Bronkhorst mass ﬂow
controllers. The reactor exhaust stream is cooled with a water cooler.
The dry gas composition can be measured during all the stages of the
experimental procedure using a mass spectrometer (Cirrus 2, MKS
Instruments). In order to distinguish CO and N2 fractions in the gas, an
additional CO analyzer was used (ULTRAMAT 23 Gas Analyzer, Sie-
mens). The inert material at beginning of the reactor is used in order
to heat-up the inlet gas to the reaction temperature.4. Description of the model
The model used for the present investigation is based on a 1D adi-
abatic axially dispersed packed bed reactor model, as presented in the
following sections. The main assumptions are: i) radial velocity, tem-
perature and concentration gradients are neglected; ii) The axial gas
and solid temperature proﬁles are considered the same (pseudo-ho-
mogeneous model). The governing equations of the mass and energy
balances for the reactor model together with the constitutive equa-
tions for the description of heat and mass dispersion are reported
below. In the mass balances, the source terms consist of a summation
over all the heterogeneously catalyzed gas phase reactions as well as
gas-solid reactions. The numerical solution of the 1D reactor model
is based on a ﬁnite difference discretization technique with higher
order temporal and spatial discretization with local grid and time
step adaption [32].Gas phase
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Fig. 3. a) Simpliﬁed schematic overview of the packed-bed reactor setup [30,31]. b) Pictures of the reactor.
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Table 2
Kinetic parameters for the reduction andoxidation ofNi/NiO/CaAl2O4 particles, taken from
[37].
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The particle properties used in the model have been measured by
means of a pycnometer (Quantachrome Micro-ultrapyc1200) and BETTable 1
Particle Properties of NiO/CaAl2O4 for particle model [37].
Oxygen carrier 17–18.5 wt% NiO on CaAl2O4
Particle diameter [mm] 1 ÷ 1.7
Particle porosity [m3g m−3p] 0.55
Average pore size [Å] 130
Tortuosity 2measurements (with Thermo-scientiﬁc Surfer) and are reported in
Table 1.
The kinetics of Ni oxidation and NiO reduction have been deter-
mined with thermogravimetric analysis (TGA) by Medrano et al. [37]
and the obtained parameters are listed in Table 2. No kinetic parameters
are indicated for the reduction with CH4, because it was observed that
when methane was used for the reduction of NiO, the oxygen carrier
did not show any activity when the OCwas fully oxidized, while reduc-
tion was observed when the sample was already partially reduced. This
can be easily explained by recalling that Ni is a good catalyst for steam
methane reforming, which occurs before the reduction reaction when
CH4 is fed. The reforming reaction produces H2 and CO, which are sub-
sequently responsible for the complete reduction of the oxygen carrier.
1
2
O2 þ Ni→NiO ΔH0298K ¼−479:4kJ=molO2 ð13Þ
H2 þ NiO→H2Oþ Ni ΔH0298K ¼−2:125kJ=molH2 ð14Þ
COþ NiO→CO2 þ Ni ΔH0298K ¼−43:26kJ=molCO ð15Þ
rNi
mol
m3ps
" #
¼ εs;pρsy
0
act
b MW j
dX j
dt
ð16ÞH2 CO O2
CS [mol m−3] 89,960 89,960 151,200
r0 [m] 3.13 · 10−8 3.13 · 10−8 5.8 · 10−7
k0 [mol1 − n m3n − 2 s−1 barq] 9.0 · 10−4 3.5 · 10−3 1.2 · 10−3
EA [kJ mol−1] 30 45 7
n 0.6 0.65 0.9
D0 [mol1 − n m3n − 1 s−1] 1.7 · 10−3 7.4 · 106 1
ED [kJ mol−1] 150 300 0
kx 5 15 0
b 1 1 2
Table 3
Fitted kinetic parameters for SMR and WGS for the Ni/CaAl2O4 oxygen carrier.
k0,i EA,i
kSMRð molskgcat bar0:404Þ 3.65 · 10
2 42.8
kWGSð molskgcat barÞ 2.45 · 10
2 54.5
Table 4
Equations used for the thermal model to describe the radial heat losses.
Overall heat
exchange
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[W/m2/K]
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¼
3Cng
b  r0  Cs
1
k
1−Xð Þ−23 þ r0
D
ð 1−Xð Þ−13− r0
D
 	 ð17Þ
k ¼ k0 exp −EART
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ð18Þ
D ¼ D0 exp −EDRT
 	
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The Ni-based oxygen carrier also works as catalyst for the reforming
and shift reactions. The expressions used to model the reforming and
water gas shift reaction kinetics (given in Eqs. (20)-(22)) were taken
fromNumaguchi and Kikuchi [38] and the parameters were ﬁtted to ex-
perimental data for the oxygen carrier, sinceMedrano et al. have shown
that the kineticmodel of Numaguchi and Kikuchi over-predicts the con-
version rates for this oxygen carrier [37]. The ﬁtted kinetic parameters
for SMR and WGS have listed in Table 3. This model does not consider
the dry reforming reaction (i.e. reforming by CO2), so to simulate this
case, the model was operated assuming an initial H2O partial pressure
equal to 10−6, which was sufﬁcient to avoid numerical issues, since
the steam reforming is faster than the dry reforming [39].
rSMR ¼
kSMR pCH4pH2O−p
3
H2
pCO=KSMR
 
p1:596H2O
ð20Þ
rWGS ¼
kWGS pCOpH2O−pH2pCO2=KWGS
 
pH2O
ð21Þ
ki ¼ k0;i exp
−EA;i
RT
 	
εs;pρsωNi ð22Þ
4.2. Radial heat losses
A detailed thermal model for the prediction of radial heat losses (see
Eq. (8)) has been included in this work, considering the thermal resis-
tances illustrated in Fig. 4. To determine the overall radial heat transfer
coefﬁcient α for the reactor used in this experimental work, twoFig. 4. Representation of the overall heat transferdifferent sections need to be considered: the ﬁrst section is from the
center of the reactor - where the temperature is measured - to the reac-
tor wall and the second section considers the heat exchange from the
reactor wall to the heaters, where three thermocouples are located to
control the temperature. The equations used to determine the partialcoefﬁcient by means of thermal resistances.
Fig. 5. OC/catalyst (left) and inert material (right) used in the reactor for the experiments.
161V. Spallina et al. / Fuel Processing Technology 156 (2017) 156–170heat transfer resistances were taken from the studies by Dixon and
Cresswell on the thermal conductivity of packed beds [40,41] and
have been summarized in Table 4 (Eqs. (23)-(30)).
5. Model validation
The reduction and oxidation phases of the chemical looping
reforming process with packed-bed reactors are substantially similar
to those for the PB-CLC [25,26,30,44]. The main novelty in this process
is represented by the heat removal step, which is carried out by
means of an endothermic reaction instead of blowing air or nitrogen
through the reactor as in the case of CLC.
The reactor has been ﬁlled with inert material (Fig. 5, right) at the
beginning and at the end of the reactor (upstream and downstream of
the catalyst bed) in order to ensure a complete pre-heating of the gas
to the desired reaction temperature (as shown in Fig. 3a). In themiddle
of the bed, 500 g of a Ni-based oxygen carrier supported on CaAl2O4
(Table 1) shown in Fig. 5 (left) has been placed, which corresponds to
about 0.5 m of reactor length.
In order to check the stability of the OC in terms of oxygen transfer
capacity and redox reactivity, a stream consisting of 20% H2 and 20%
H2O (balance N2) has been used for the reduction phase after oxidation
with air and the hydrogen breakthrough has been recorded (Fig. 6). As
can be seen, except for the ﬁrst few redox cycles when the material
was still being activated, the H2 breakthrough curves are practically
overlapping even up to 300 h of operation indicating complete and sta-
ble activation.
The stability of the OC used for this experiment has been conﬁrmed
also by Medrano et al. [37] through tests with N200 redox cycles in a0
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Fig. 6.H2 breakthrough during the stability test (using 10 NL/min of 20% H2, 20% H2O, 60%
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in a medium scale reactor setup conﬁrms that the scale-up of a Ni-
based oxygen carrier supported on CaAl2O4 is promising for demonstra-
tion at pre-commercial and commercial scales in the near future.
All the experiments were carried out using N2 during the heating up
of the system and in between two different experiments in order to en-
sure that the temperature was kept constant along the reactor and no
traces of reactants were left inside the reactor before commencing the
experiments.
5.1. Oxidation
The oxidation phase was carried out using 9 NL/min of air. The the-
oretical temperature rise at the reaction front (Noorman et al. [44] and
Fernandez et al. [45]), with 18% (wt. fraction) of Ni is about 700 °C and
therefore the initial bed temperature has been set to 400 °C to avoid ex-
cessive overheating of the system.
The breakthrough of the oxygen starts after 100 s and concludes
after about 5 min. Fig. 7 shows the O2 fraction at the outlet section.
The model predicts with reasonable accuracy the shape of the break-
through curve. The time required for complete oxidation corresponds
with the onepredicted based on the amount of oxygen fed to the reactor
and the overall oxygen capacity of the OC. The small discrepancy be-
tween the model prediction and the experimental results is explained
by radial gradients caused by heat losses resulting in a slightly inhomo-
geneous gas distribution along the radial direction. Another important
reason of the larger mass dispersion in the experiments is related to
the long piping and the large volume of the gas cooling system down-
stream the reactor unit before the analyzer. Both effects were not
accounted for in the reactor model (the interested reader is referred0.00
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on this).
Fig. 8 presents the axial temperature proﬁle in the bed at different
instances during the oxidation phase, and shows that the reaction
front propagates along the bed until it reaches the end of the reactive
zone at around 300 s. The solid reactor is cooled by ﬂowing N2 through
the reactor for N1 h and setting the heating coils to 400 °C as set point
temperature Also the heat front propagates through the bed, but with
a lower velocity, so that the heat front remains at around 0.1 m from
the inlet section after 300 s. The ﬁgure also clearly shows, especially
for the longer times shown in Fig. 8b, that the temperature is higher in
the last part of the bed and that the temperature plateau is not ﬂat, as
expected by theoretical descriptions of adiabatic packed-bed CLC reac-
tors [46]. The reason for this behavior is the presence of radial heat
losses, related to the set point temperature of the heating coils at
400 °C. Therefore, once the reaction front has passed, the bed cools
down. The cooling of the bed due to radial heat losses is well captured
by the model, conﬁrming the accuracy of the description of the radial
heat losses in the developed model.
The reaction front is clearly visible in both the experiments and
modelling results. At the beginning of the oxidation phase, the results
from the model and the experiments match very well. After 150 s (Fig.
8b), the results from the model predict a slightly higher reaction front
velocity, so that the discrepancywith the experimental results increases
somewhat. As already discussed by Hamers et al. [30] for the oxidation
with a Cu-based oxygen carrier, one of the reasons of this difference is0.00
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Fig. 9. a) Gas composition at the reactor outlet during the reduction phase at 900 °C using 10
temperature proﬁle at different instances during the reduction phase.related to the description of internal diffusion limitations inside the rel-
atively large particles, which is not fully captured by the selected redox
kinetics.
5.2. Reduction
The reduction of the OC has been carried out after heating the bed to
800 °C or 900 °C andby keeping the set point temperature of the heating
coils at the same values. As shown in Fig. 9a, for the indicated ﬂow rate
and composition of the reacting gas, the breakthrough of CO andH2was
detected after about 5 min and lasted until 10 min, when a constant gas
composition was reached. With respect to the reduction reactions, the
model predicts the breakthrough time correctly, although the break-
through curves predicted by the model (Fig. 9a) are much steeper
than the ones obtained from the experiments, as also shown for the ox-
idation breakthrough curves. This is again mainly due to the mass dis-
persion, which is ampliﬁed in this case due to the lower gas ﬂow rate
(due to the water condensation in the cooler) and the lower molecular
weight of the gas (below 20 kg/kmol). It can be noted that the ﬁnal out-
let composition does not correspond to the syngas feed, because the ox-
ygen carrier is active for the water-gas-shift reaction (in this case the
reverse WGS), thus resulting in a lower amount of H2 and CO2 and a
higher amount of CO. Due to the low heat of reaction associated with
the reduction of NiO with CO/H2-rich syngas, the axial solid tempera-
ture proﬁle does not signiﬁcantly change during the reforming step, as
shown in Fig. 9b. The reduction tests at 800 °C showed a similar800
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plete breakthrough, in which the amount of H2 and CO2 is higher due
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Fig. 10. Gas composition at the reactor outlet during the reforming phase with the gas
compositions reported in Table 5 for steam reforming (case a and b) and dry reforming
(case c and d) at 800 °C (case a and c) and 900 °C (case b and d).5.3. Reforming
During the reforming phase, the syngas is fed to the system and only
catalytic reactions take place because the OCwas completely reduced to
Ni during the preceding reduction phase. Two different feed gas compo-
sitions have been tested corresponding to steam and dry reforming
cases respectively, with an inlet gas ﬂow rate of 20NL/min and an initial
bed temperature of about 800 °C or 900 °C (Table 5). After the reactor
has reached its set-point temperature, a CH4-rich gas has been fed to
the system while the heating system was switched off in order to
avoid an energy inﬂux to the reactor from the external heating coils.
The reforming reaction was continued until the temperature in the
oven had decreased about 10–20 °C (corresponding to about 5 min).
In thisway, it is possible to compare the experimental andmodelling re-
sults assuming a constant temperature in the oven without heating
power from the heating coils. This was not required during the exother-
mic oxidation and reduction phases.
The gas compositions at the reactor outlet as a function of time are
shown in Fig. 10. The results from the model (solid lines) are in good
agreement with the experiments (markers). The measured composi-
tions are always at the chemical equilibrium, conﬁrming that the
reforming of methane is an equilibrium controlled reaction. The differ-
ence between the model and experimental results was always in the
range ±1%, after sufﬁcient time on stream during the testing period.
At the beginning of the experiments, the CO content is somewhat
higher, however, after some time (about 1 min), the ﬁnal equilibrium
composition is reached.
In Fig. 11, the axial solid temperature proﬁles at different instances
during the reforming phase are shown. A decrease in the temperature
at the beginning of the bed where the CH4 with H2O/CO2 is reacting
with the catalyst can be clearly discerned. The solid temperature de-
creases by N200 °C at the inlet, while it maintains at the initial temper-
ature towards the outlet section after syngas has reached its equilibrium
composition. As expected, the temperature decrease is higher for the
dry reforming cases, related to about 20% higher reaction enthalpy of
dry reforming relative to steam reforming. The experiments show clear-
ly how the bed is progressively cooled due to the reforming reactions. At
the beginning, the syngas contacts the hot solid/catalyst in the ﬁrst part
of the bed, the reforming reactions take place and the temperature de-
creases. After that, the CH4 + CO2/H2O is partially converted in the
ﬁrst part of the bed (ﬁrst 10 cm) due to the lower temperature of reac-
tion and the conversion is completed in the second part of the reactor
where the solid/catalyst is at higher temperature. The zone at lower
temperature in the reactor increaseswith reaction time,which indicates
the possibilities for effective indirect heat transfer from the oxidation
phase to the reforming phase.Table 5
Operating conditions for the reforming phase tests.
Reforming conditions
Initial bed temperature, °C 800/900
Inlet gas ﬂow rate, NL/min 20
Inlet pressure, bar 1.1
Inlet gas composition, %vol.
CH4 5 5
CO2 – 30
H2O 30 –
N2 65 656. Reactor design and heat management
Using the 1D reactor model previously described and validated at
lab-scale, the design and heat management of an industrial-scale chem-
ical looping reforming reactor system have been carried out for integra-
tion in both H2 and CH3OH plants. The size of the reactors is based on
commercial large-scale plants. Based on preliminary mass and energy
balances of the integrated plants shown in Fig. 2, the corresponding
ﬂow rates, temperatures and gas compositions have been estimated in
order to obtain a syngas with the required speciﬁcations for the down-
stream units. Subsequently, the 1Dmodel was run for multiple cycles of
the reduction/reforming/oxidation phases in sequence, where it was as-
sumed that the reactor was purgedwith pure N2 for a short period after
the reforming and oxidation phases in order to remove any reactive
gases inside the reactor and avoid the formation of explosive mixtures.
The dynamically operated adiabatic PBRs have been simulated for a
complete cycle with the inlet gas conditions for the different phases
listed in Table 6.
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164 V. Spallina et al. / Fuel Processing Technology 156 (2017) 156–170Compared to the results presented in the previous part of the man-
uscript where the model was validated, the operating conditions and
the heat management strategies are different. In particular: there is no
external electric furnace considered to stabilize the reactor tempera-
ture, therefore no thermal interaction occurs with the external environ-
ment resulting in an overall adiabatic process; the solid temperature
proﬁle at the end of each phase is the initial temperature proﬁle of the
following phase; the gas inlet temperature and pressure are resulting
from the complete process.
For ﬁxed WGS and PSA operating conditions, the conditions obtain-
ed are the optimal (or very close to it) to achieve high H2 yield. A differ-
ent optimization is needed when also the contributions of electricity
and steam are considered and it will be carried out in a dedicated tech-
no-economic assessment.
The results presented in this section have been obtained after run-
ning the model for multiple cycles to reach a cyclic steady-state. To de-
termine whether the cyclic steady-state was attained the temperature,
ﬂow rate and gas compositions at the reactor outlet, as well as the
axial solid conversion and temperature proﬁles were compared for
two consecutive cycles.The following overall energy balance of the process is considered for
the current system.diabatic
conditions Hin ¼ Hout ð31Þnergy at
the inlet _moxhox T ; xð ÞΔtox þ _mredhredðT ; xÞΔtred þ _mref href ðT ; xÞΔtref þ 2 _mpurgehpurgeðT ; xÞΔtpurge
 
inlet
¼ Hin ð32Þnergy at
the outlet Z
tox
_moxhox T ; xð Þdt þ
Z
tred
_mredhred T ; xð Þdt þ
Z
tref
_mref href T ; xð Þdt þ 2
Z
tpurge
_mpurgehpurge T ; xð Þdt
0
B@
1
CA
outlet
¼ Hout ð33ÞWhereΔti is the total phase time and the conditions of the streams at
the inlet are constant, while at the outlet the conditions vary with the
time generating a proﬁle. In fact the energy associated to the gas at
inlet is only dependent on the temperature and the gas composition,
Table 6
Operating conditions used to simulate a large-scale PB-CLR reactor system for H2 or CH3OH production.
Hydrogen plant Methanol plant
Reduction Reforming Oxidation Purge Reduction Reforming Oxidation Purge
Reactor
Diameter, m 3.5 3.5
Length, m 10.5 10.5
Void fraction, m3 gas/m3 r 0.5 0.5
Oxygen carrier
Ni content (on CaAl2O4), %wt 8 8
Particle diameter, mm 2 2
Gas inlet conditions
Temperature, °C 600 600 600 600 600 600 600 600
Pressure, bar 20 20 20 20 20 20 20 20
Flow rate, kg/s 12.67 16.356 16.244 4.8 12.51 27.7 34.2 9.8
Composition, %vol.
CH4 2.5 22.3 – – 4.6 26.4 – –
CO 14.3 0.0 – – 3.7 – – –
CO2 53.9 22.3 – – 10.0 7.9 – –
H2O – 55.4 – – 44.9 65.7 – –
H2 29.3 – – – 36.7 – – –
N2 – – 79 100 – – 79 100
O2 – – 21 – – – 21 –
MW, kg/kmol 27.0 23.4 28.9 28.0 15 19.5 28.9 28.0
Phase time, sec 600 600 600 60 275 275 275 25
165V. Spallina et al. / Fuel Processing Technology 156 (2017) 156–170while the outlet mass ﬂowrate, temperature and gas composition
change according to the dynamic operations of the reactor. It must be
noticed that these equations are needed to avoid any accumulation
(or losses) of energy every complete cycle.
The design and operating conditions of the PBRs for the H2 and
CH3OH production plants have been reported in Table 6. The reactor di-
ameter and length have been selected to assure a superﬁcial gas velocity
below 1 m/s for all the phases. The ﬁnal geometry of the reactor should
be further optimized via a techno-economic optimization, which is be-
yond the scope of this work.
In the next two sections the heat management of the packed-bed
chemical looping reforming reactors is discussed for hydrogen and
methanol production.6.1. Heat management of PB-CLR process for H2 production
The size of the plant is based on 30 kNm3/h of pure H2 production.
The syngas produced in the chemical looping reforming reactor is sent
to a WGS unit operated at 350 °C to convert the CO into CO2 while in-
creasing the H2 production. Downstreamof theWGS unit, pure H2 is re-
covered with a PSA unit operated with a 75% hydrogen recovery factor.
The PSA off-gas (mostly H2 and CO2 with some unconverted CO and
CH4) is compressed and sent to the reactor operated in the reduction
phase. With this system a reforming efﬁciency of 81% corresponding
to 2.74 molH2/molCH4 can be achieved with a steam consumption of 2
kmolH2O/kmolCH4 and CH4 conversion in the reforming phase above
92%while 100%CO2 capture is accomplished. The composition of the re-
ducing gas has been obtained by performing some preliminary process
simulation in order to have enough syngas available for the reduction to
avoid the use of fresh CH4 at the reduction. The stream at the reduction
can also be different, depending on the selected operating conditions of
the entire system as discussed in [47].
The gas composition and the temperature at the reactor outlet dur-
ing the different phases are shown in Fig. 12. During the reduction
phase, full conversion of fuel to H2O and CO2 is reached, while the oxy-
gen carrier is reduced to Ni. The composition of the PSA off-gas fed to
the reduction phase (Table 6) has a high CO2 content (N50%). This is
beneﬁcial for the system because the low CO + CH4 content (about
15%)makes carbon deposition unlikely, eliminating the need for further
dilution with H2O. The temperature at the reactor outlet is almost con-
stant (around 950 °C) which is positive for the downstream processes,such as the gas coolers for steam generation, which can be designed to
be operated at steady state conditions.
During the reforming phase, the syngas reaches a stable composition
after 10 s. The reformed syngas is at chemical equilibrium at the tem-
perature of the outlet gas. For N90% of the time of the reforming
phase, CH4 is almost completely converted into H2 and CO and sent to
the downstream processes. Compared to a conventional FTR, two
main differences can be noted. The ﬁrst difference is related to the tran-
sient syngas conditions during the last 50 s (representing 10% of the
complete reforming phase), where the gas temperature at the reactor
outlet decreases and the CH4 conversion reduces signiﬁcantly. The sec-
ond difference is the H2/CO ratio in the reforming product gas stream,
which is about 1.8 molH2/molCO, instead of 2.8 of conventional stand-
alone FTR due to the large amount of CO2 which is fed to the reforming
step, originating from the recirculated CO2/H2O product stream during
the reduction phase. The lower H2 fraction may affect the cost of the
PSA downstream which is working with a more diluted H2 stream
(≈60% on a dry basis instead of conventional 70%). Therefore a tech-
no-economic optimization of the complete plant has to consider also
the optimization of the PSA.
During the oxidation phase, the temperature slightly decreases from
750 °C to 680 °C and the Ni is oxidized to NiO. The oxidation phase is in-
tegrated with a gas turbine cycle with an uncooled turbine, where the
oxidation phase off-gases (mostly N2 with some Ar and traces of gases
present in the air), are expanded to ambient pressure and released to
the atmosphere. The gas turbine inlet temperature is much lower than
the typical value of about 1200 °C of CLC processes for power genera-
tion. The gas turbine pressure ratio is also dictated by the operating con-
ditions of the reforming phase, resulting in sub-optimal gas cycle
parameters with lower efﬁciency and low speciﬁc work.
The axial temperature proﬁles at the end of the oxidation, reduction
and reforming phases are shown in Fig. 13. At the end of the reforming
phase, the bed temperature increases along the reactor from about 550
to 700 °C. After the oxidation phase, the reaction front reaches the end
of the reactor, while the heat front has only moved from the inlet of
the reactor to the ﬁrst 10% of the bed length. The temperature rise dur-
ing the oxidation phase is about 300 °C and at the end of the oxidation
phase the maximum temperature of the bed of almost 1000 °C is
reached. After oxidation, the reduction phase starts with the PSA off-
gas as fuel. As in the case of CLC with CO/H2 rich syngas using Fe-
based OC, discussed by the authors in [48], the maximum temperature
of the bed does not change signiﬁcantly, due to the low heat of reaction.
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Fig. 12.Gas conditions (temperature and composition) at the reactor outlet during the consecutive reduction, reforming and oxidation phases for H2 production (conditions listed in Table 6).
166 V. Spallina et al. / Fuel Processing Technology 156 (2017) 156–170In this step, the heat front moves towards the end of the reactor,
reaching 40% of the reactor length. Although the inlet temperature of
the gas in the reduction phase is 600 °C, at the end of the reduction
the bed temperature at the inlet is about 700 °C, because the composi-
tion of the inlet gas (rich in H2 and CO/CO2) favors the exothermic
methanation reaction, forwhich the reducedNi acts as catalyst. The syn-
gas is therefore ﬁrst converted into CH4 achieving the equilibrium tem-
perature and composition and then reformed where the solid is at
higher temperatures. During the reforming phase the bed is cooled by
two mechanisms: i) convective cooling by the gas ﬂow, which moves
the heat front to the reactor outlet blowing the heat out of the bed (sim-
ilar to the PB-CLC heat removal phase); ii) cooling by the endothermic
reforming reactions, which absorbs heat by converting the CH4 into H2
and CO. This secondmechanism is a second heat front generated inside
the reactor and it is due to the reforming reaction. It is more evident by
comparing the axial temperature proﬁle shown in Fig. 13 with the axial
methane concentration proﬁles shown in Fig. 14. At the end of the
reforming phase, the ﬁnal bed temperature is reduced to 550–700 °C
and the solids are ready to start a new oxidation cycle. Due to the bed
cooling during the reforming, the solid temperature at the beginning
of the oxidation is below 750 °C and therefore, the following oxidation
delivers a gas with a low temperature (average 700 °C).
By inspecting the axial bed temperature proﬁle shown in Fig. 13 and
the axial CH4 concentration proﬁle in Fig. 14, one can discern that the
CH4 conversion occurs in two-stages: i) at the beginning of the bed,500
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Fig. 13.Axial solid temperature proﬁles at the end of the reduction (RED), oxidation (OX) anddu
process designed for H2 production (for conditions see Table 6).where the temperature is initially 700 °C andwhere theCH4 vol. fraction
reduces from the initial 22.5% to about 12% and ii) in the second part of
the reactor, which is at high temperature, where the CH4 is almost
completely reformed. The thermal separation of these two reforming
zones behaves like a combination of pre-reforming and reforming in a
conventional FTR and the boundary between the two zones becomes
smoother at the end of the reforming phase.6.2. Heat management of the PB-CLR process for CH3OH production
To investigate the heat management for the case of CH3OH produc-
tion, a plant of 5000 MTPD has been selected. Compared with the H2
production unit, this plant is N200 times bigger, therefore 5 parallel
lines of reduction, reforming and oxidation are considered to accommo-
date the larger amount of syngas required. Based on preliminary simpli-
ﬁed calculations of the methanol synthesis process, the proposed
system can achieve a CH3OH yield of 0.9 molCH3OH/molCH4 which com-
pares very favorable with the performance of a state-of-the-art CH3OH
plant (0.82 molCH3OH/molCH4) [10]. Overall, 2 kmolH2O/kmolCH4 is con-
sumed during the reduction and reforming phases. The carbon species
which are not converted into CH3OH in the synthesis unit are purged
and are used as fuel for the reduction step, where they are converted
into CO2, which is compressed and stored after the gas cooling and
H2O separation.6 7 8 9 10 11
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167V. Spallina et al. / Fuel Processing Technology 156 (2017) 156–170The gas composition and temperature at the reactor outlet during
the consecutive reduction, reforming and oxidation phases are shown
in Fig. 15. As in the hydrogen production case, only CO2 andH2O are pro-
duced during the reduction phase. In this case, the inlet gas consists
mostly of H2O resulting from the methanol synthesis process. The tem-
perature of the gas leaving the reactor is not constant. In particular, it is
possible to distinguish two temperature levels atwhich the gases are re-
leased: about 730 °C for the ﬁrst 130 s and 970 °C for the remaining
145 s of the reduction phase. During the reforming phase, only CO, H2
and CO2 (and excess H2O) are produced, with a M-factor (Eq. (5))
equal to 2.06. After 75% of the time of the reforming phase, CH4 break-
through occurs and the M-factor decreases to 1.7 at the end of the
reforming phase.
The lowerM-factorwould decrease theCH3OHyield. However, as al-
ready discussed by the authors in a previous work on CLC for a large-
scale power plant [49], relatively stable properties of the gas from PB
chemical looping reactors systemcan be obtained by operating the reac-
tors in the same phase in parallel but with a phase displacement. In this
case, by adopting a phase displacement of 55 s it is possible to smooth
out the ﬂuctuations, thus reaching the ﬁnal gas conditions shown in
Fig. 16. This strategy is beneﬁcial for the processes downstream of the
CLR, which can then be designed for steady state operations. After
mixing, an averageM-factor of 2 is achievedwith the selected operating
conditions. The oxidation cycle releases a constant ﬂow rate of N2-rich200
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Fig. 15. Gas conditions (temperature and composition) at the reactor outlet for the pstream at about 750 °C, which is expanded in the gas turbine to supply
part of the power required in the plant.
As already discussed for the case of H2 production, the maximum
bed temperature is reached at the endof the oxidation phase and the re-
actor cooling occurs during the reforming phase (Fig. 17). The CH4
breakthroughduring reforming can be explained by inspecting the tem-
perature proﬁle in the last part of the reactor, which reduces from
930 °C at the end of the reduction phase to 820 °C after 75% of the
reforming cycle time, which corresponds to the beginning of CH4 break-
through, and ﬁnally to 730 °C at the end of the reforming phase, where
the CH4 content reaches 11% (vol. basis).
Since large-scale CH3OH plants are based on a combination of SMR
and ATR processes in order to reach the optimal composition for meth-
anol synthesis, retroﬁtting of existing plants is less demanding than for
the case of H2 production. It mostly relates to the thermal integration
due to the presence of the gas turbine cooling units, which are mostly
carried out using pressurized gas.
7. Conclusions
In this paper, a novel application of chemical looping reforming for
H2 and CH3OH production using dynamically operated PBRs has been
presented. Multiple experiments for the redox and reforming phases
have been carried out. A phenomenological model accounting for radial0.0
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Fig. 16. Gas conditions (temperature and composition) at the CLR plant outlet after mixing 5 streams coming from parallel reactors operated in the reforming phase with a phase
displacement of 55 s (conditions of the different phases listed in Table 6).
168 V. Spallina et al. / Fuel Processing Technology 156 (2017) 156–170heat losses has been validated with experiments in which multiple re-
duction/oxidation/reforming cycles have been carried out at different
temperatures and inlet gas compositions. With respect to previous
works on chemical looping with packed bed reactors, the present
model also includes a dedicated model for the radial heat losses of the
reactor reproducing the experimental results obtained in the lab-scale
facility. The results from this paper demonstrated that the combination
of chemical looping combustion and steam reforming can be accom-
plished through sequential heat storage and heat removal. In addition
to the process description and a ﬁrst experimental proof-of-principle,
a preliminary reactor design for H2 and CH3OH production has been
proposed and their heat management assessed. The overall perfor-
mance in terms of CH4 conversion, CO2 emissions and H2/CH3OH yields
has been calculated. For the case of H2 production, the system reaches a
CH4 conversion during the reforming above 92% and PSA off-gas can be
used efﬁciently as fuel for the reduction phase. For the CH3OH plant, an
overall CH3OHyield of 89% is reached. In both cases, the ﬂue gases emit-
ted to the environment do not contain CO2. The produced CO2 during
the reduction phase is separated from H2O and compressed for further
utilization (in case of a smaller-size plant) or ﬁnal storage. The very
good performance of the PB-CLR process associated to the high yields
of H2 or CH3OH with near-zero CO2 emissions asks for further assess-
ment of this technology from an economic point of view by means of
a complete process integration study and economic analysis.500
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Fig. 17.Axial solid temperature proﬁle at the end of the reduction (RED), oxidation (OX) anddur
process designed for CH3OH production (conditions listed in Table 6).Nomenclature
AGR acid gas removal
ASU air separation unit
ATR auto-thermal reforming
CCS CO2 capture and storage
CLC chemical looping combustion
CLR chemical looping reforming
FTR ﬁred tubular reforming
LP/IP/HP low/intermediate/high pressure
LT/IT/HT low/intermediate/high temperature
MEA mono-ethanol-amine
MDEA methyl di-ethanol-amine
MTPD metric tons per day
PBR packed bed reactor
PSA pressure swing adsorption
SMR steam methane reforming
WGS water gas shift
Units
A [m2] area
b [molsmolg−1] gas-solid stoichiometric factor
Bi [−] Biot number6 7 8 9 10 11
ial position, m
ing the reforming phases at respectively at 25%, 50%, 75% and 100% of the cycle time for the
169V. Spallina et al. / Fuel Processing Technology 156 (2017) 156–170C [mol m−3] concentration
Cp [J mol−1 K−1] heat capacity
d [m] diameter
D [m2 s−1] diffusion coefﬁcient
D0 [mol1-n m3n-1 s−1] pre-exponential factor for the diffusion
term
Dax [m2 s−1] axial dispersion coefﬁcient
dp [m] particle diameter
EA [kJ mol−1] activation energy
EDs [kJ mol−1] activation energy for the diffusion term
h [W m−2 K−1] convective heat transfer coefﬁcient
H [−] reactor height
k0 [mol1 − n m3n − 1 s−1] pre-exponential factor
krs [W m−1 K−1] radial conductivity of the solid (stagnant
conditions)
kx [−] solid diffusion decay constant
MW [kg mol−1] molecular weight
n [−] reaction order
ni [mol m−2 s−1] gas ﬂux of ith-component
Nu [−] Nusselt number Nu ¼ hgdpλg
P [bar] pressure
Pe [−] Peclet number
Pr [−] Prantl number Pr ¼ Cp;gμgλg
ri [mo m−3 s−1] reaction rate
R [J mol−1 K−1] gas constant
Re [−] Reynolds number Re ¼ ρgvgdpμg
Ri [KW−1] thermal resistance
ri [mol mr−3 s−1] reaction rate
r0 [m] particle radius
Sc [−] Schmidt number Sc ¼ ρgμgD
t [s] time
T K or °C temperature
X [−] solid conversion
yi [−] mol fraction
Greek letters
α [Wm−2 K−1] global heat transfer coefﬁcient
εg [−] void fraction
εs,p [−] solid porosity
εsteel [−] emissivity coefﬁcient of the reactor
εoven [−] emissivity coefﬁcient of the oven
η [kg m−1 s−1] dynamic gas viscosity
ζ [molg mols−1] stoichiometric factor
λ [Wm−1 K−1] heat dispersion
ρ [kg m−3] density
τ [−] tortuosity
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